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Story: 

SwissBioFuel Co. wants to produce 90 wt% ethanol from fermentation process, 

and it was decided to use a plate distillation column for the purification of ethanol 

from an initial solution of 15 wt% ethanol/water. In order to maximize the 

efficiency of the process, the concentration of ethanol in the residue stream should 

not be higher than 5 wt%. SwissBioFuel has hired you to characterize and optimize 

a predesigned distillation column for the aforementioned ethanol separation.  

 

OBJECTIVES 

 

• Understand the basic concepts about binary mixture distillation.  

• Use the McCabe-Thiele method for the distillation of a ethanol/water 

solution.   

• Perform a detailed material and energy balance on a continuous distillation 

column.  

• Combine theory and experimental results to characterize and optimize a 

distillation process.  

• Compare plate distillation column and packed distillation column. 

 

Specifications should include: theoretical number of stages, overall 

efficiency of the trays, Murphree efficiencies, optimum feed stage, 

operational feed stage, minimum reflux ratio, optimum reflux ratio, 

operational reflux ratio and distillate to feed ratio. 
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1. THEORETICAL BASIS  

When a liquid mixture of volatile components boils, the composition of the 

vapor is not necessarily the same as the concentration of the liquid. This aspect 

can be leveraged to separate components of a mixture and is the basis of 

distillation. Distillation can be applied to solutions where all components are 

appreciably volatile, such as in ammonia-water or ethanol-water solutions, 

where both components will be in the vapor phase. In continuous distillation, 

a liquid mixture is continuously (without interruption) fed into the process and 

separated fractions are removed continuously as output streams.  

 

The most widely used industrial applications of continuous, steady-state 

fractional distillation are in petroleum refineries, natural gas processing 

plants, petrochemical and chemical plants. In order to design a continuous 

distillation column with optimized operational conditions, it is imperative to 

understand basic vapor-liquid equilibrium relations.  

 

1.1. Vapor-Liquid Equilibrium Relations, T-x-y and VLE diagrams 

Often the vapor-liquid equilibrium relations for a binary mixture of 𝐴 and 𝐵 

are given as a boiling-point diagram, also called a T-x-y diagram. Figure 1 

shows an example of a binary system, benzene (𝐴) - toluene (𝐵), at a total 

pressure of 101.32 kPa. The upper line is the saturated vapor line (dew-point 

line) and the lower line is the saturated liquid line (bubble-point line). The two-

phase region is the area between the dew-point line and the bubble-point line. 

The mass fraction of the components in the liquid phase is represented by 𝑥 

and the mass fraction in the vapor phase is represented by 𝑦. 
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Figure 1. Boiling-point diagram for the system of benzene (𝑨) - toluene (𝑩) at a 

total pressure of 101.32 kPa 

 

As presented in Figure 1, if a liquid mixture of 𝑥𝐴1 = 0.25 is heated up to 𝑇1 

(98°C, 371.2 K) it will reach a liquid-vapor equilibrium, and the mixture will 

start to boil with a minimal increase in temperature. The composition of the 

first vapor in equilibrium will be given by the vapor saturation curve, which in 

this example is 𝑦𝐴1  = 0.55. If the temperature continues to increase, the 

composition of 𝑥𝐴 will decrease according to the liquid saturation curve and the 

composition of 𝑦𝐴 will be lower according to the vapor saturation curve.  

 

The boiling-point diagram in Figure 1 is a typical ideal system following 

Raoult’s law. Non-ideal systems differ considerably. Given that the benzene-

toluene system follows Raoult’s law, the boiling-point diagram can be 

calculated from the pure vapor-pressure data and the following equations: 

𝑝𝐴 + 𝑝𝐵 = 𝑃                                          (Eq. 1) 

𝑃𝐴𝑥𝐴 + 𝑃𝐵(1 − 𝑥𝐴) = 𝑃                                   (Eq. 2) 

𝑦𝐴 =
𝑝𝐴

𝑃
=

𝑃𝐴𝑥𝐴

𝑃
                                        (Eq. 3) 

Where pi is the partial pressure of component i in the gas phase mixture, and 

Pi is the vapor pressure of pure i. Figure 2 shows the equilibrium data of the 
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benzene-toluene system where 𝑦𝐴 is plotted versus 𝑥𝐴. The 45° line is given as 

reference, 𝑦𝐴 = 𝑥𝐴 . This type of diagram is called VLE (Vapor-Liquid 

Equilibrium) 

 

Figure 2. VLE diagram of the benzene (𝑨)-toluene (𝑩) system at a total pressure of 

101.32 kPa  

 

1.2. Single-Stage Equilibrium Contact for Vapor-Liquid System 

Based on Figure 2 if a mixture of benzene and toluene reaches its boiling 

point, the produced vapor would be abundant in benzene but it will not be pure 

benzene. The complete separation of the two components is achieved by 

employing multiple boiling and condensing stages. In a single equilibrium 

stage two different phases (liquid and vapor) are in counter-current contact 

during a certain time, called contact time. During the contact time the phases 

are mixed and the solution components diffuse within both phases creating an 

equilibrium in composition. It is important that the contact time between the 

phases is sufficiently long to reach the equilibrium. Figure 3 shows an 

example of a single equilibrium stage where 𝐿0 and 𝑉2, of known amount and 

composition, are the inlet streams to the stage and 𝐿1and 𝑉1 are the outlet 

stream of the stage. Total mass balance is described as:  

𝐿0 + 𝑉2 = 𝐿1 + 𝑉1 = 𝑀                                     (Eq. 4) 
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where 𝐿 is the liquid stream in kg, 𝑉 is the vapor phase in kg and 𝑀 is the 

total mass 

 

Figure 3. Representation of a single equilibrium stage 

 

For a system where three components (𝐴, 𝐵 and C) are present in the streams, 

the total mass balance is described as:  

𝐿0𝑥𝐴0 + 𝑉2𝑦𝐴2 = 𝐿1𝑥𝐴1 + 𝑉1𝑦𝐴1 = 𝑀𝑥𝐴𝑀                       (Eq. 5) 

𝐿0𝑥𝐶0 + 𝑉2𝑦𝐶2 = 𝐿1𝑥𝐶1 + 𝑉1𝑦𝐶1 = 𝑀𝑥𝐶𝑀                       (Eq. 6) 

𝑥𝐴 + 𝑥𝐵 + 𝑥𝐶 = 𝑦𝐴 + 𝑦𝐵 + 𝑦𝐶 = 1                                (Eq. 7) 

where the mass fraction of 𝐴 in the 𝑀 stream is defined as 𝑥𝐴𝑀 

 

1.3. Multiple-Stage Equilibrium Contact for Vapor-Liquid System 

Continuous distillation or fractionation is a multistage operation at 

countercurrent stream flows. In each of the stages the vapor stream 𝑉 and the 

liquid stream 𝐿  mix and reach an equilibrium before leaving the stage. A 

representation of a general countercurrent multistage operation is shown in 

Figure 4.  

  

Figure 4. Countercurrent cascade operation of idea stages. 

 

The general mass balance of the system for the component 𝐴 in Figure 4 is 

described as follows:  

𝑉𝑛+1𝑦𝑛+1 + 𝐿0𝑥0 = 𝐿𝑛𝑥𝑛 + 𝑉1𝑦1    (Eq. 8) 
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where 𝑛 is the nth stage in the multistage operation 

 

 

Figure 5. Process flow of a continuous distillation tower containing sieve trays. 

 

In a distillation tower, the stages (referred to as sieve plates or trays) are 

arranged vertically, as shown schematically in Figure 5. The feed (F), which 

contain a more volatile component – the light key, LK – and a less volatile 

component – the heavy key, HK – enters the column at a certain stage called 

feed stage (f). The sections below and above the feed stage are called the 

stripping section and the rectifying section, respectively. The stripping section 

has a partial reboiler, which can be considered as a stage, at the bottom of the 

column where the liquid mixture is partially vaporized and split into two 

streams: the boilup (B) and the residue (W). The boilup is recycled back to the 

distillation column at the bottom stage with a high concentration of the heavy 

key. The residue is considered bottom product or waste. At the top of the 

rectifying section the vapor mixture is condensed by a total condenser and it is 
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split into two streams. These streams are the distillate (D), with high purity of 

the light key, and the reflux (L), which is recycled back to the distillation 

column at the top stage. An overall material balance around the entire column 

in Figure 5 states that the feed [mol/h] must be equal to the sum of the 

distillate [mol/h] and the residue [mol/h]. 

𝐹 =  𝐷 +  𝑊                                             (Eq. 9) 

At the feed stage, the feed might be liquid, vapor or a mixture of liquid and 

vapor. When the feed is liquid, the mixture flows down through the stages 

against the up-flow of the boilup at the stripping section. In the case of 

vaporous feed, the solution bubbles through the stages against the down-flow 

of the reflux at the rectifying section. Inside the tower, the liquids and vapors 

are always at their bubble points and dew points, respectively, so the highest 

temperature is at the bottom and the lowest is at the top. As both streams 

equilibrate at the stages, the heavy key is removed from the vapor by the falling 

liquid and the liquid is stripped of the light key by the rising vapor.  

 

1.4. Continuous Distillation: Material balance, Constant Molal Overflow, 

Number of Ideal Plates and McCabe-Thiele Method  

1.4.1. Introduction  

McCabe and Thiele developed an approximate graphical method to estimate 

the number of equilibrium stages and the amount of reflux required for a 

desired degree of separation. This method combines the equilibrium-

distribution curve for a binary system (VLE curve) and the operating-line 

curves of the rectifying and stripping sections of the column.  

 

The operating lines are defined by simplified mass balance equations in each 

of the column section (rectifying and stripping), using the approximation of 

constant molal overflow. This approximation assumes constant molar 

enthalpies and negligible heat of mixing, heat loss within the stage and 

pressure drop through the column. In case of constant pressure along the 

column, the constant molal overflow could be applied if the heat balances in 



  

 9  

each of the trays (using the temperature in each tray ( 𝑇𝑛)) show that the 

sensible heat differences in the four streams are negligible and only the molar 

latent heats between streams are significant. Given that the latent heats 

between chemically similar streams are comparable, for every mole of vapor or 

𝐴 condensed; 1 mole of liquid or 𝐵  is vaporized, i.e. 𝑉𝑛+1 = 𝑉𝑛 and 𝐿𝑛 = 𝐿𝑛−1 . 

Following the representation of a tray in Figure 6, a total mass balance gives: 

𝑉𝑛+1 + 𝐿𝑛−1 =  𝑉𝑛 + 𝐿𝑛                                 (Eq. 10) 

and a component balance gives:  

𝑉𝑛+1𝑦𝑛+1 + 𝐿𝑛−1𝑥𝑛−1 =  𝑉𝑛𝑦𝑛 + 𝐿𝑛𝑥𝑛                     (Eq. 11) 

where 𝑛 is the tray number, 𝑉𝑛+1 is mol/h of vapor leaving the tray 𝑛 + 1, 𝑉𝑛 is 

mol/h of vapor leaving the tray 𝑛, 𝐿𝑛−1 is mol/h of liquid leaving the tray 𝑛 − 1, 

𝐿𝑛 is mol/h of liquid leaving the tray 𝑛, 𝑦 is the mole fraction of 𝐴 in the vapor 

streams and 𝑥 is the mole fraction of 𝐴 in the liquid streams.  

 

 

Figure 6. Vapor and liquid streams entering and leaving a tray. 

 

1.4.2. Rectifying Section Equations 

As shown in Figure 5, the rectifying section covers from the top stage 

(including the total condenser) to just above the feed stage. A material balance 

for the light key over the rectifying section (dashed-lines) shown in Figure 7a, 

is as following:  

𝑉𝑛+1𝑦𝑛+1 =  𝐿𝑛𝑥𝑛 +  𝐷𝑥𝐷                                   (Eq. 12) 

𝑦𝑛+1 =
𝐿𝑛

𝑉𝑛+1
𝑥𝑛 + 

𝐷𝑥𝐷

𝑉𝑛+1
                                       (Eq. 13) 
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Since 𝑦1 = 𝑥𝐷 = 𝑥0  and the constant molal overflow is assumed, 𝐿𝑛 = 𝐿 =

𝑐𝑜𝑛𝑠𝑡𝑎𝑛𝑡 and 𝑉𝑛+1 = 𝑉 = 𝑐𝑜𝑛𝑠𝑡𝑎𝑛𝑡, then Eq. 14 could be rewritten as:  

𝑦𝑛+1 =
𝐿

𝑉
𝑥𝑛 + 

𝐷

𝑉
𝑥𝐷                                       (Eq. 14) 

 

Eq. 14 is the operation line of the rectifying section of the distillation column.  

 

 

Figure 7. (a) Schematic representation of the rectifying section of a tower. (b) 

McCabe-Thiele operating line for the rectifying section (blue), the VLE curve and 

the 45°line (black). 

 

 

The liquid entering at the stop stage is the external reflux rate and its ratio to 

the distillate rate, 𝑳 𝑫⁄ , is called the reflux ratio, R. Since 𝑽 = 𝑳 + 𝑫 and 𝑹 =

𝑳
𝑫⁄ , then Eq. 14 can be written as: 

𝑦𝑛+1 =
𝑅

𝑅+1
𝑥𝑛 + 

1

𝑅+1
𝑥𝐷                                  (Eq. 15) 

 

If values of 𝑅 and 𝑥𝐷 are specified, Eq. 15 plots as a straight line on the xy 

diagram with intersection at 𝑦1 = 𝑥𝐷 on the 45° line, slope= 𝐿 𝑉⁄ = 𝑅 (𝑅 + 1)⁄ , 

and intersection at 𝑦 = 𝑥𝐷 (𝑅 + 1)⁄  for 𝑥 = 0 as shown in Figure 7b.   
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1.4.3. Stripping Section Equations 

As shown in Figure 8a, the stripping section convers from the feed stage to the 

bottom stage including the partial reboiler. A material balance for the heavy 

key over the stripping section (dashed-line) shown in Figure 8a, is as follows: 

𝑉𝑚+1𝑦𝑚+1 =  𝐿𝑚𝑥𝑚 −  𝑊𝑥𝑤                                (Eq. 16) 

𝑦𝑚+1 =
𝐿𝑚

𝑉𝑚+1
𝑥𝑚 − 

𝑊

𝑉𝑚+1
𝑥𝑤                                  (Eq. 17) 

where 𝐿𝑚 and 𝑉𝑚+1 are the total molar flows in the stripping sections, which by 

the constant molal overflow assumption, remain constant stage to stage (𝐿𝑚 =

𝐿𝑁 = 𝐿𝑠𝑡 and 𝑉𝑚+1 = 𝐵 = 𝑉𝑠𝑡). Therefore, Eq. 17 could be rewritten as: 

𝑦𝑚+1 =
𝐿𝑠𝑡

𝑉𝑠𝑡
𝑥𝑚 − 

𝑊

𝑉𝑠𝑡
𝑥𝑤                                  (Eq. 18) 

the subscript st is used as reference for the stripping section. 

 

The vapor leaving the partial reboiler, boilup, is assumed to be in equilibrium 

with the liquid residue products. Thus, the partial reboiler acts as an extra 

equilibrium stage. The ratio between the boilup rate and the residue rate, 𝐵 𝑊⁄ , 

is the boilup ratio,  𝑉𝐵. Since 𝐿𝑠𝑡 = 𝑉𝑠𝑡 + 𝑊, 𝐵 = 𝑉𝑠𝑡 and 𝑉𝐵 = 𝐵
𝑊⁄ , then Eq. 18 

could be rewritten as:  

𝑦𝑚+1 =
𝑉𝐵+1

𝑉𝐵
𝑥𝑚 − 

1

𝑉𝐵
𝑥𝑤                                  (Eq. 19) 

 

If values of 𝑉𝐵 and 𝑥𝑊 are known, Eq. 19 could be plotted as a straight line on 

the xy diagram with intersection at 𝑦 = 𝑥𝑊  on the 45° line, slope = 𝐿 𝑉⁄ =

(𝑉𝐵 + 1) 𝑉𝐵⁄   and intercept at 𝑦 = – 𝑥𝑊/𝑉𝐵 for 𝑥 = 0 as shown Fig. 8b. 
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Figure 8. (a) Schematic representation of the stripping section of a tower. (b) 

McCabe-Thiele operating line for the stripping section (red), the VLE curve and the 

45°line (black). 

 

The theoretical stages are determined by drawing the stairlike construction 

TQBNC…S and counting the number of steps, seen in Figure 9. In a VLE 

curve with McCabe-Thiele operating lines, a theoretical stage is drawn starting 

at 𝑥𝐷 or 𝑥𝑊, then it intercepts with the VLE curve (𝑦1 or 𝑦𝑊) and consequently 

with the operation line (𝑥1 or 𝑥𝑁). Subsequence stages are drawn following the 

same order.  

 

Figure 9. The stairlike construction TQBNC…S of theoretical stages.  
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1.4.4. Feed stage  

Given that the feed, F, may consist of liquid, vapor or a mixture of both, the 

quantities of the vapor and liquid streams inside the column change 

dramatically at the feed stage, f. If the feed is a saturated liquid, 𝐿𝑠𝑡 will exceed 

𝐿 . If for the contrary the feed is a saturated vapor, 𝑉  will exceed 𝑉𝑠𝑡 . The 

following equations are the material and energy balances around the feed stage 

to establish a general relation between streams:  

𝐹 + 𝐿 + 𝑉𝑠𝑡 = 𝑉 + 𝐿𝑠𝑡                 (Eq. 20) 

𝐹𝐻𝐹 + 𝐿𝐻𝐿,𝑓−1 + 𝑉𝑠𝑡𝐻𝑉,𝑓+1 = 𝑉𝐻𝑉,𝑓 + 𝐿𝑠𝑡𝐻𝐿,𝑓          (Eq. 21) 

 

The vapor and liquid streams inside the tower are saturated, and the molal 

enthalpies of the saturated vapors and liquids at this section are identical 

because the differences in temperature and composition between trays are 

negligible. Therefore, 𝐻𝑉,𝑓+1 = 𝐻𝑉,𝑓 and 𝐻𝐿,𝑓−1 = 𝐻𝐿,𝑓. Eq. 21 then becomes:  

(𝐿𝑠𝑡 − 𝐿)𝐻𝐿,𝑓 = (𝑉𝑠𝑡 − 𝑉)𝐻𝑉,𝑓 + 𝐹𝐻𝐹    (Eq. 22) 

 

By combining Eq. 20, the condition of the feed could be described using the 

term quantity, 𝑞.   

𝐿𝑠𝑡−𝐿

𝐹
=

𝐻𝑉,𝑓−𝐻𝐹

𝐻𝑉,𝑓−𝐻𝐿,𝑓
= 𝑞         (Eq. 23) 

 

The quantity is defined as the energy required to convert 1 mol of feed from its 

condition 𝐻𝐹  to a saturated vapor, divided by the molal latent heat of 

evaporation (𝐻𝑉,𝑓 − 𝐻𝐿,𝑓). There are five different thermal conditions in which 

the feed could be introduced to the tower. For each of these conditions, the 

value of q will be different. The Table 1 shows values of q according to the feed 

condition. 
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Feed Condition q-value 

Subcooled liquid > 1 

Bubble-point (saturated) liquid 1 

Partially vaporized 𝐿𝐹 𝐹⁄ = 1 − 𝑉𝐹 𝐹⁄  

Dew-point (saturated) vapor 0 

Superheated vapor < 0 

Table 1. Quantity values according to the feed condition.  

 

Quantity values provide a convenient method to determine 𝑉𝑠𝑡 by combining 

Eq. 20 and Eq. 23:  

𝑉𝑠𝑡 = 𝑉 + 𝐹(𝑞 + 1)              (Eq. 24) 

and the q-line equation. The q-line equation represents the locus of the 

intersection of the two operating lines, is a straight line on the xy diagram of 

slope = 𝑞 (𝑞 − 1)⁄  and it passes through the point 𝑥 = 𝑦 = 𝑧𝐹  on the 45°line, 

where 𝑥𝐹 is the overall composition of the feed (see Figure 10). This equation 

could be found as following:  

 

• Subtracting the rectifying and stripping operational lines (Eq. 14 and 

Eq. 18):  

𝑦(𝑉 − 𝑉𝑠𝑡) = (𝐿 − 𝐿𝑠𝑡)𝑥 + 𝐷𝑥𝐷 + 𝑊𝑥𝑤              (Eq. 25) 

• Combining an overall material balance for the component A, Eq. 26, and 

the Eq. 23:  

𝐹𝑧𝐹 = 𝐷𝑥𝐷 + 𝑊𝑥𝑤                 (Eq. 26) 

𝑦 =
𝑞

𝑞−1
𝑥 −

1

𝑞−1
𝑧𝐹         (Eq. 27) 

 

Figure 10 shows a graphical interpretation of the 𝑞 -line for the five feed 

conditions discussed in Table 1. After drawing the q-line and the rectifying-

section operating line, the stripping-section operating line is located by 

drawing a straight line from the point 𝑥 = 𝑦 = 𝑥𝑊 on the 45°line to the intercept 

of the q-line and the rectifying-section operating line. The intercept must lie 
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somewhere between the VLE curve and the 45°line. This analysis shows that 

for a given feed condition and a reflux ratio, the liquid/vapor ratio in the 

stripping section and the reboiler heat load is automatically established.  

 

Figure 10. Location of the q-line for typical feed conditions. 

 

1.4.5. Number of Equilibrium Stages and Feed-Stage Location. 

For a given feed condition, 𝑥𝐹 and the q-line are fixed. For particular distillate 

and residue products, 𝑥𝐷 and 𝑥𝑊 are fixed. With a specification of the reflux 

ratio, the location of the rectifying and stripping line are fixed. The q-line 

simplifies the graphical location of the stripping-section line, but the intercept 

of the two operating lines does not necessarily determine the separation 

between the stripping and rectifying section of the column. Rather, it is the 

introduction of the feed which governs the change from one operating line to 

the other. The intercept of the operating lines shows the optimal location where 

the feed should be introduced into the column to achieve the least number of 

ideal stages.  

 

Following the example in Figure 11, if the feed is introduced at the fourth 

stage, the rectifying line is used to draw the stages 1 through 3, and beginning 

with stage 4, the stripping line must be used. The total number of ideal stages 

required in this example is approximately 6.5, including the partial reboiler. 
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The number of theoretical trays in a tower should not include the reboiler 

stage.  

 

Figure 11. Optimum location of feed stage with the least number of ideal stages. 

 

Figure 12 shows three examples where the feed stage location is at the optimal 

stage, below or above. In the design of a new column, the optimum location is 

used for the introduction of the feed.  

 

Figure 12. Optimal and non-optimal locations of feed stage: (a) optimal feed-stage 

location; (b) feed-stage location below optimal stage; (c) feed-stage location above 

optimal stage. 

 

1.4.6. Reflux limiting conditions 

The reflux ratio could be specified between a minimum, 𝑅𝑚𝑖𝑛, to an infinite 

value (total reflux). The 𝑅𝑚𝑖𝑛  corresponds to an infinite number of stages, 

Figure 13-a, while a total reflux corresponds to the minimum number of 
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stages, Figure 13-b. As the reflux ratio increases, both operating lines move 

toward the 45° line until they coincide and the total reflux limiting condition 

is reached. At this condition, all the overhead vapor is condensed and returned 

to the top stage. Thus, no distillate is withdrawn. When the reflux ratio 

decreases from the limiting case of total reflux, the interception between the 

operating lines and the q-line moves from the 45° line towards the equilibrium 

curve. When the interception reaches the equilibrium line, the 𝑅𝑚𝑖𝑛  limiting 

condition occurs. This interception is called the pinch point, 𝑃, because the 

operating lines pinch the equilibrium line.  

  

Figure 13. a) Minimum reflux ratio and infinite number of stages by McCabe-Thiele 

method. b) Total reflux and minimum number of stages by McCabe-Thiele method. 

 

In case of a nearly ideal binary solution in Figure 14-a, the pinch point is at 

the feed stage. To reach that stage from the rectifying or stripping section, an 

infinite number of stage is required. For a highly non-ideal binary system, the 

pinch point can occur above or below the feed stage. In the case illustrated in 

Figure 14-b, the rectifying operating line intersects the equilibrium curve 

above the feed stage where an infinite number of stages exists.  

 

The slope of the rectifying operating line cannot be reduced further because 

the line would cross the equilibrium curve and violate the second law of 

thermodynamics. In other words, a spontaneous mass transfer would be 
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required from a region of low concentration to a region of high concentration 

which is impossible in a binary system. This is analogous to a second law 

violation by a temperature crossover in a heat exchanger. Therefore, the 

column cannot operate at minimum reflux with the given system.  

 

Figure 14. Construction for minimum reflux at infinite stages: (a) near-ideal system, 

P at the feed stage; (b) highly non-ideal system, P above the feed stage. 

 

1.4.1. Optimum Reflux Ratio  

Any reflux ratio between the limiting conditions will provide the desired 

separation specifications. However, for new designs, the optimum reflux ratio 

should be used to achieve the least total cost of operation. At 𝑅𝑚𝑖𝑛 the column 

requires an infinite number of stages and, consequently, the fixed cost is 

infinite, but the operating costs are the lowest possible. As 𝑅 increases, the 

number of trays decreases, but the column diameter increases due to larger 

quantities of recycled liquid and vapor per unit quantity of feed. The condenser, 

reboiler and reflux pump must also be larger. The fixed costs reach a minimum 

and rise to infinity again at total reflux and the operating costs increase 

directly with the reflux ratio, as shown in Figure 15. The total cost, the sum of 

the fixed and operating costs, must pass through a minimum at the optimum 

reflux ratio. The accepted range of optimum reflux ratio is from 1.2𝑅𝑚𝑖𝑛 to 1.5𝑅𝑚𝑖𝑛, 

with the lower value applying to a difficult separation (e.g., 𝛼 = 1.2). However, 
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because the optimum reflux ratio is broad, columns are often designed for reflux 

ratios greater than the optimum.  

 

Figure 15. Optimum reflux ratio for a representative distillation process.  

 

1.5.  Plate Efficiencies  

To convert ideal plates to real plates, the plate efficiency must be known. There 

are three kinds of plate efficiency: (1) overall efficiency, which concern the entire 

column; (2) Murphree efficiency, which has to do with a single plate; and (3) local 

efficiency, which pertains to a specific location on a single plate.  The overall 

efficiency, 𝐸𝑜, it is defined as the ratio of the number of ideal plates needed in an 

entire column to the number of real plates, see Equation 28.  

𝐸𝑜 =
𝑁𝑢𝑚𝑏𝑒𝑟 𝑜𝑓 𝑡ℎ𝑒𝑜𝑟𝑒𝑡𝑖𝑐𝑎𝑙 𝑠𝑡𝑎𝑔𝑒𝑠

𝑁𝑢𝑚𝑏𝑒𝑟 𝑜𝑓 𝑟𝑒𝑎𝑙 𝑠𝑡𝑎𝑔𝑒𝑠
   (Eq. 28) 

 

The Murphree efficiency, 𝜂𝑀, is defined by:  

𝜂𝑀 =
𝑥𝑛−𝑥𝑛−1

𝑥𝑛
∗ −𝑥𝑛−1

    (Eq. 29) 

where   𝑥𝑛 : actual (real) concentration of liquid leaving plate n  

 𝑥𝑛−1 : actual (real) concentration of liquid entering plate n 
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  𝑥𝑛
∗  : theoretical concentration of liquid in equilibrium with the 

leaving vapor from plate n 

 

The Murphree efficiency is therefore the change in liquid composition of the 

previous plate to the plate divided by the change that would have occurred if 

the liquid leaving were in equilibrium with the leaving vapor. The Murphree 

efficiency is defined in terms of vapor concentrations, but the measured 

efficiencies are rarely based on vapor phase analysis due to unreliable 

sampling. Instead, liquid samples are taken on each plate, and the vapor 

compositions are determined from a McCabe-Thiele diagram. Columns that 

operated at high velocities will have significant entrainment, and this reduces 

the plate efficiency, given that the drops of entrained liquid are less rich in the 

light-key than the vapor.   

 

The local efficiency, 𝜂′, is defined by:  

𝜂′ =
𝑥𝑛

′ −𝑥𝑛−1
′

𝑥𝑒𝑛
′ −𝑥𝑛−1

′      (Eq. 30) 

where   𝑥𝑛
′  : concentration of liquid leaving a specific location on plate n  

  𝑥𝑛−1
′  : concentration of liquid entering plate n at the same location 

  𝑥𝑒𝑛
′ : concentration of liquid in equilibrium with vapor at the same 

location on plate n 

 

1.5.1. Relation between Murphree and overall efficiencies 

The overall efficiency is not the same as the average Murphree efficiency of the 

individual plates. These values could be very different specifically for stripping 

columns and at the top of the rectifying section. The relation between these 

efficiencies depends on the relatives slopes of the equilibrium line and the 

operating line. For columns with both sections, stripping and rectifying, the overall 

efficiency may be relatively close to the average value of Murphree efficiency. This 

is due to that the values in the stripping section, where 𝐸𝑜 is greater than 𝜂𝑀 , 
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tends to compensate the values in the rectifying section, where 𝐸𝑜 is smaller than 

𝜂𝑀 . When analyzing the performance of a real column, the correct value of 𝜂𝑀 

should be determined rather than just determining 𝐸𝑜  and assume 𝐸𝑜 = 𝜂𝑀 . In 

cases where the equilibrium and operating lines are straight, the following 

equation can be applied:  

𝐸𝑜 =
𝐿𝑛(1+𝜂𝑀(𝑚∙

𝑉

𝐿
−1))

𝐿𝑛(𝑚∙
𝑉

𝐿
)

      (Eq. 31) 

where m is the slope of the VLE line. Note that when 𝑚 ∙
𝑉

𝐿
= 1.0 or when 𝜂𝑀 ≈

1.0, 𝐸𝑜 = 𝜂𝑀. 

 

1.5.2. Relation between Murphree and local efficiencies 

The local efficiency and the Murphree efficiency are equal in small columns 

where the liquid is sufficiently agitated by the vapor flow and no measurable 

concentration gradient in the liquid is found. Given that the concentration of 

the liquid leaving the plate is the same on the entire plate, Equation 30 will 

become the same as Equation 29. The change in concentration between 𝑥𝑛 and 

𝑥𝑛+1 occurs right at the downcomer exit when the liquid on plate n+1 and the 

downcomer liquid are vigorously mixed. In larger columns, liquid mixing in the 

direction of flow is not complete and a concentration gradient does exist in the 

liquid on the plate.  

 

1.5.3. Use of Murphree efficiency 

When Murphree efficiency is known, it can readily be used in the McCabe-Thiele 

diagram to compare theoretical plates to real plates, see Figure 16. Triangle acd 

represents an ideal plate and triangle abe the real plate. The actual plate, instead 

of enriching the vapor from 𝑦𝑛+1 to 𝑦𝑛
∗, shown by the segment ac, reached less 

enrichment  𝑦𝑛 − 𝑦𝑛+1, shown by the segment ab. In order to apply the known 

Murphree efficiency, the VLE curve should be replaced by the pseudo-equilibrium 

line by the following equation:  
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𝑦𝑝𝑠𝑒𝑢𝑑𝑜 = 𝑥 + 𝜂𝑀(𝑦∗(𝑥) − 𝑥)   (Eq. 32) 

 

 

Figure 16. Use of Murphree efficiency on xy diagram. Dashed line is the pseudo-

equilibrium curve for 𝜼𝑴 = 𝟎. 𝟔𝟎. 

 

Once the pseudo-equilibrium curve has been created, the usual stairlike 

construction is made and the number of actual plates is determined. The 

reboiler is not subject to a discount for plate efficiency, and the VLE curve is 

used for the last step in the stripping section.  
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2.  EXPERIMENTAL DETAILS 

2.1.  Equipment Setup 

Figure 17. Scheme of the distillation unit.  
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2.2. Warnings 

1. Before starting the distillation, make sure the cooling water circulates in 

the condenser, with adequate flow (200 L/h minimum on flow meter FI1). 

2. Make sure the valve of the feed plate or boiler is open before turning on 

pump P1.  

3. To collect the distillate, ensure there is a steady liquid flow in the goose 

neck before activating solenoid valve EV1. Activating EV1 while the goose 

neck is dry may cause the glass to break. 

4. Regularly check that the pressure drop DPIT1 is stable. If it increases 

excessively, indicating column flooding (liquid accumulation in the column), 

reduce the reboiler heat duty.  

5. At the end of the day, ensure that the heaters, pump, cooling water, and 

interface box are turned off. Before leaving, empty the unit and keep valves 

V6, V15, V16 and V18 open. 

 

3. EXPERIMENTAL PLAN  

3.1. Software  

a) Click TIC1 (resp. TIC2) to adjust the heat duty or setpoint temperature 

of the feed heater RC1 (resp. reboiler RC2). 

b) Click TIMER to modify the reflux ratio. 

c) Insert a USB drive and click EXPORT to save the temperature data and 

pressure drop at the end of the experiment. 

 

3.2. Recommended experiments  

a) Batch mode with total reflux.  

b) Continuous feeding mode with finite reflux. Evaluate the influence of 

reflux ratio and feed stage. 

c) Distillation using the packed column.  
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3.3. McCabe-Thiele diagrams  

• Label all parts in the diagrams 

 

3.4. Detailed material and energy balance of the system  

• Present detailed material and energy balance of all the components of the 

system.  

• Explain assumptions and list thermodynamic data.  

• It is recommended to use a scheme of the system and tables to summarise 

all the values.  

 

 

 Example:  

Stream/Equipment 
Flow  xA  Density  Temperature  Energy 

[mol/min] [ml/min] [mol/mol] [g/ml] [°C] [W*s] 

Feed (F)       

Distillate (D)       

Residues (W)       

Rectifying Vapor (V)       

Rectifying Liquid (L)       

Stripping Vapor (Vst)       

Stripping Liquid (Lst)       

Condenser       

Reboiler        

 

 

Temperature  ΔHvap,Water  ΔHvap,MeOH  Δhl,Water Δhl,MeOH Cp,l,Water Cp,l,MeOH Cp,g,Water Cp,g,MeOH 

[°C] [kJ/mol] [kJ/mol] [J/mol-K] [J/mol-K] 
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4. APPENDIX  

 

I. Properties of water and ethanol 

Properties Water Ethanol 

Molar mass [g/mol] 18.016 46.069 

Density at 20 ºC [g/cm3] 0.998 0.789 

Boiling point at 1 atm [°C] 100 78.24 

Molar heat capacity at 25°C [J/mol K] 75.3 112.3 

Enthalpy of vaporization [kJ/mol] 40.65 38.56 

W.M. Haynes, CRC Handbook of Chemistry and Physics, 97th ed., CRC Press (2016).  

 

 

II. Vapor-liquid equilibrium data for ethanol-water binary system 

T [°C] xEtOH yEtOH 

100 0 0 

95.5 0.019 0.17 

89.0 0.0721 0.3891 

86.7 0.0966 0.4375 

85.3 0.1238 0.4704 

84.1 0.1661 0.5089 

82.7 0.2337 0.548 

82.3 0.2608 0.558 

81.5 0.3273 0.583 

80.7 0.3965 0.6122 

79.8 0.5079 0.6564 

79.7 0.5198 0.6599 

79.3 0.5732 0.6841 

78.74 0.6763 0.7385 

78.41 0.7472 0.7815 

78.15 0.8943 0.8943 

- 0.93 0.92 

- 0.97 0.96 

78.24 1 1 

  xEtOH and yEtOH in mole fraction  

  R.H. Perry, C.H. Chilton and S.O. Kirkpatrick, Chemical Engineering H                    

eEngineering Handbook, 7th ed., McGraw-Hill (1997). 
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III. Density of ethanol-water mixture as a function of ethanol mass fraction  

R.H. Perry, C.H. Chilton and S.O. Kirkpatrick, Chemical Engineering Handbook, 7th ed.,     

McGraw-Hill (1997). 
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IV. List of chemicals and safety considerations 

Name Formula Risk description Danger PPE 

Ethanol CH3CH2OH 

Hazard statement(s) 

H225: Highly flammable liquid and vapour 

H319: Causes serious eye irritation 

 

Precautionary statement(s) 

P210: Keep away from heat, hot surfaces, sparks, 

open flames and other ignition sources.             

No smoking 

P233: Keep container tightly closed 

P305+P351+P338 if in eyes: Rinse cautiously 

with water for several minutes. Remove contact 

lenses, if present and easy to do. Continue 

rinsing. 

 

 

 


